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Catalytic fast pyrolysis of cellulose was studied at 500°C using a ZSM-5 catalyst in a bubbling fluidized bed reactor con-
structed from a 4.92-cm ID pipe. Inert gas was fed from below through the distributor plate and from above through a
vertical feed tube along with cellulose. Flowing 34% of the total fluidization gas through the feed tube led to the optimal
mixing of the pyrolysis vapors into the catalyst bed, which experimentally corresponded to 29.5% carbon aromatic yield.
Aromatic yield reached a maximum of 31.6% carbon with increasing gas residence time by changing the catalyst bed
height. Increasing the hole-spacing in the distributor plate was shown to have negligible effect on average bubble diame-
ter and hence did not change the product distribution. Aromatic yields of up to 39.5% carbon were obtained when all

studied parameters were optimized. © 2014 American Institute of Chemical Engineers AIChE J, 60: 1320-1335, 2014
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Introduction

Lignocellulosic biomass has attracted significant attention
as a feedstock for production of renewable liquid fuels and
valuable chemicals due to its low cost and abundance.'”"
Catalytic fast pyrolysis (CFP) allows the direct conversion of
solid biomass into aromatics.”>>> CFP has numerous advan-
tages compared to other approaches for biomass conversion
because it can produce five major feedstocks that petroleum
industry uses including benzene, toluene, xylene, ethylene,
and propylene in a single step process that uses inexpensive
zeolite catalysts.17’20’21’26_32 Toluene and xylenes may also
be directly blended at high levels into gasoline and at low
levels into distillate fuels. CFP of biomass is carried out in a
fluidized bed reactor (FBR) where biomass is rapidly heated
to high temperatures (450-650°C) where it forms oxygenated
pyrolysis vapors.*>> These vapors subsequently diffuse into
the pores of the zeolite catalyst where they are converted to
aromatics, olefins, CO, CO, and water. Coke is the major
undesired byproduct that competes with aromatics
formation.*®

ZSM-5 based catalysts exhibit the highest aromatic yields
for CFP of biomass because of their pore size, low internal
pore volume, and structure.”®?"*? The aromatic yield of
CFP processes using ZSM-5 catalysts can be increased fur-
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ther by the addition of metal oxides such as GaO and
Zn0.*** The p-xylene selectivity can be increased while
decreasing the coke yield by silyation of the catalyst so that
over 90% of the xylenes are p-xylene.

Different feedstocks have been used for CFP including
woods,20-21:26:27:46 grasses,47 and model compounds.‘m’48 Jae
et al. reported a maximum aromatic yield of 15.5% carbon
from CFP of pine wood in a bubbling FBR using an unmodi-
fied spray-dried ZSM-5 catalyst, the same that is used in this
study.*® Plant biomass is composed of three main compo-
nents—cellulose, hemicellulose, and lignin. It has been
shown that cellulose primarily contributes toward aromatic
production.*”° Cellulose is a good model compound for
raw woody biomasses because woods contain ~ 40% wt of
cellulose. The pyrolysis of cellulose has been widely stud-
ied.*®156 The primary product of cellulose pyrolysis at
temperatures of 400-600°C is levoglucosan which is formed
by depolymerization of cellulose.’’ Char, CO,, and water are
formed from cellulose pyrolysis at lower temperature.36
Other products that are formed from cellulose pyrolysis
include anhydrosugars, furans, light oxygenates, and noncon-
densable gases.’'>

Several types of reactor configurations have been used for
CFP including a microgram-scale resistively heated batch
reactors, fixed bed reactors, and several FBR configurations
including (1) bubbling fluidized beds, (2) spouting fluidized
beds, and (3) circulating fluidized beds.?**-?748:3758 EBRg
are ideal for CFP because they allow for maintaining con-
stant catalyst activity through continuous addition of fresh
catalyst and removal of coked catalyst.*® FBRs also provide

AIChE Journal



Feed-tube carrier gas

!

Emulsion
Phase
(Gas + Catalyst)
Bubble & | LS A =T
(Gas) —---" |
Phase <1
1Kpe
1
ke ~. 1
i I <>
~ l K
1 ce
~
~ 3| l
T T T T Bubble Cloud Emulsion

Distributor-carrier gas

Figure 1. Schematic of a gas—solid FBR with two carrier gas inlets.

good heat transfer (for rapid heating of biomass) and good
mass transfer (compared to other modes of gas—solid contact-
ing). The absence of moving parts also makes FBRs ideal
for CFP of biomass.”*®' The flow regime in which an FBR
is operated depends on the fluidization velocity of the gas.
We have previously reported that the production of aro-
matics by CFP of biomass is highest in a fluidized reactor
that has a biomass weight hourly space velocity (WHSV)
between 0.1 h™" and 0.35 h™'.24%2 These low space veloc-
ities can realistically only be achieved at an industrial scale
by using reactor configurations with low void fractions, such
as, bubbling beds (¢ ~ 0.50) or turbulent beds (¢ ~ 0.70).
Fast-fluidized beds (¢ ~ 0.90) and pneumatic transport beds
(6>0.99) are not feasible at the desirable range of space
velocities. For example, a 2000 metric ton of biomass feed
per day reactor, at a WHSV of 0.3 h™' requires 278 metric
tons of catalyst, which at a density of 1250 kg m ™, requires
a solid volume of 222 m’. A 2-m diameter reactor with a
void fraction typical of fast fluidization (¢=0.96), would
require an implausible height of 1800 m.

Figure 1 shows a schematic of a bubbling FBR consisting
of two phases: (1) a lean bubble phase containing mostly gas
bubbles and (2) a well-mixed dense emulsion phase of solid
catalyst particles and gas. At the minimum fluidization
velocity, all the gas goes through the emulsion phase.® As
the fluidization velocity increases above the minimum fluid-
ization velocity, the gas in excess of minimum fluidization
goes through the bubble phase. The bubble size increases
with catalyst bed height as the bubbles coalesce. Between
the bubble and emulsion phase, a cloud occurs wherein mass
transfer takes place (see Figure 1).°”%°¢ Understanding the
hydrodynamics of this process is very important for the
scale-up of CFP reactors, which is a relatively unexplored
topic for CFP of biomass, as well as for elucidating the
kinetics of this complex process and improving upon this
technology.

The objective of this work is to study the CFP of cellulose
in a FBR. We have collected data for CFP of cellulose under
different hydrodynamic conditions and compared them with
a hydrodynamic model to explain the evolution and role of
bubbles. Compilation of various empirical models allowed
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us to calculate hydrodynamic parameters including bed
expansion, bubble diameter, and bubble residence time.

Experimental
Materials

Industrial-grade cellulose with an average particle size of 200
pm (Lattice® NT Microcrystalline Cellulose, FMC biopolymer,
99%) was used without pretreatment as the feedstock for this
study. C¢H;(O5 was used as an empirical formula for cellulose.
The catalyst used in these experiments was a commercial spray-
dried 40% ZSM-5 catalyst (Intercat) with an average particle
size of 99 um and a standard deviation of 23 um. Between 90
and 250 g of catalyst were loaded into the reactor. These load-
ings correspond to about 15-40% of the reactor volume. Prior
to reaction, the catalyst was calcined in situ at 500°C in a mix-
ture with a 1:4 oxygen-to-helium ratio flowing at 880 sccm.
Equation 1 shows the WHSYV of cellulose

WHSV (h ™) = cellulose flow rate (g -h™')

weight of catalyst (g) M
The WHSYV is calculated by dividing the cellulose flow
rate by the amount of catalyst present inside the FBR. Selec-
tivity toward a particular aromatic compound is defined by
Eq. 2 obtained by dividing the number of moles of carbon in
that aromatic product by the number of moles of carbon in
all the aromatic products
Aromatic Selectivity

moles of carbon in an aromatic product
= i : X 100%
moles of carbon in all aromatic products
()

Equation 3 defines the selectivity toward an olefin com-
pound in a similar way

Olefin Selectivity
moles of carbon in an olefinic product

= X 100%
moles of carbon in all olefinic products ’
3)

As shown in Eq. 4, the residence time of the gas was cal-
culated by dividing the catalyst bed volume by the total gas
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Figure 2. (@) Schematic of the experimental system, (b) detailed drawing of the reactor, and (c) diagram of feeder

motor.

flow rate (Q,) which is the sum of carrier gas flow rate (Q.)
and the product gas flow rate (Q,)

Gas residence time (s)

_ Catalyst bed volume (cm?) X 60 (s - min ')
Total gas flow rate (cm? - min ~!)

“

Experimental setup

Figure 2 shows a schematic of the FBR system used for
the CFP of cellulose. The FBR is a 316L stainless steel
4.92-cm ID pipe with a freeboard height of 40.64 cm. Above
the freeboard is a disengaging zone which includes an
expansion to a 7.79-cm ID pipe. The catalyst bed is sup-
ported by a distributor plate made of two layers of stainless
steel perforated plates sandwiched around a 400 mesh stain-
less steel cloth. Cellulose is fed into the reactor via a feed
hopper connected to a 1.10-cm ID feed tube entering from
the top of the reactor and extending into the fluidized bed,
ending at a height 1.52 cm above the distributor plate.

The free-fall time (0.35 s) of a particle is less than our
lowest feed-tube gas residence time (6.3 s) in the feed tube.
From Whitaker’s correlation of convective heat transfer
about a sphere,®’ it takes an upper bound of 0.1 s to heat the
bulk of a 200-um cellulose particle to 400°C in a 500°C
stream of helium flowing at average freefall velocity. Based
on pyrolysis rates determined by Cho et al.?¢ pyrolysis of
cellulose is extremely fast at 400°C (on the order of 0.1
g s_l). It can, therefore, be assumed the 6 X 10_6-gram cel-
lulose particles are completely pyrolyzed upon exiting the
feed tube.

As WHSYV is an important parameter controlling the prod-
uct yield and distribution,zo’62 a feeder motor made from a
partially filled ball valve is placed below the hopper (Figure
2¢) to control the cellulose feed rate, thus controlling the
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WHSV to within = 2% of the set value. During the reaction,
catalyst particles were fluidized using a carrier stream of
helium gas entering through the distributor (henceforth
referred to as the distributor-carrier gas) and through the
feed tube (henceforward referred to as the feed-tube carrier
gas). This feed-tube carrier gas was necessary to ensure
proper feeding of the cellulose into the fluidized bed. The
gas flow rates were controlled by mass flow controllers
(Brooks Instruments). The reactor was heated to the reaction
temperature using four cylindrical ceramic-fiber heaters
(WATLOW), each controlled separately to create a uniform
temperature profile. The flanges joining the main reactor
body and space beneath the distributor plate (henceforth
referred to as the plenum) were heated using a band heater.
Heating of the plenum allowed for preheating of the
distributor-carrier gas to the reaction temperature before
reaching the catalyst. A typical run was carried out over 30
min, during which, the products left the top of the reactor
and entered a cyclone to separate any entrained catalyst par-
ticles which were then sent back to the reactor. The solid-
free vapors were then bubbled through ethanol maintained at
0°C using an ice bath. Here, most organic species were cap-
tured through dissolution. The stream was then passed
through four condensers maintained at —78°C using a dry-
ice/acetone bath to condense remaining organics. The non-
condensable gases were then either vented, plumbed through
a soap-film flow meter, or sampled in tedlar gas-sampling
bags (Restek) and analyzed using gas chromatography. After
the reaction was completed, the reactor was flushed with
helium for another 30 min to ensure complete purging of all
volatile organic products. All of the contents of the ice bath
(products dissolved in ethanol) and the condensers were then
mixed together and analyzed using gas chromatography.
After purging, the reactor temperature was increased to
600°C, and the carrier gas was switched to an oxygen—
helium mixture to combust char and coke in order to
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regenerate the catalyst. For a typical run, the catalyst was
regenerated for approximately 2 h to ensure complete com-
bustion of any organic species remaining on the catalyst.
The combustion effluent containing CO, CO,, and water was
passed through a copper catalyst (13% CuO on alumina,
Sigma Aldrich) held at 250°C to convert CO to CO,. This
stream was then passed through a Dryrite trap to remove the
water, followed by a preweighed Ascarite trap to capture
CO, to determine the quantity of coke generated from the
reaction through gravimetric analysis.ﬁz’68

To test the reproducibility of results, we replicated experi-
ments with varying catalyst bed height and varying distribu-
tor hole-spacing three times. We obtained standard deviation
values of less than 3% for the carbon yields of different
products which indicate that the data is reproducible and the
trends discussed in the latter sections of this study are statis-
tically significant.

Product analysis

After the reaction was completed, the liquid (mix of prod-
ucts dissolved in ethanol and products from condensers) was
analyzed for aromatics using a Shimadzu GC2010 system
with an Agilent HP INNOWax column (60 m, 0.32 mm, 0.5
pum) and a flame ionization detector (FID). The gaseous
products collected at different times during the reaction were
analyzed using a Shimadzu GC2014 system with (1) Restek
Rtx®-VMS column (40 m, 0.25 mm, 1.5 pm) and an FID to
analyze C3 and C4 olefins, and (2) a custom-made Supleco
Hayesep D packed column with a thermal conductivity
detector to analyze CO, CO,, methane, and ethylene. Coke
was measured using gravimetric analysis explained in Exper-
imental Section. From carbon balance, unidentified carbon
was calculated by subtracting moles of carbon in product
from the moles of carbon in the cellulose feed. To calculate
total mass balance in some of the experiments, water content
in the liquid product was analyzed using a Mettler Toledo
V20 compact volumetric Karl Fischer titrator.

Qualitative Computational Fluid Dynamics
Simulations

Computational method

Preliminary simulations were conducted to determine the
effect of two-inlet fluidization on the mixing of the fluidizing
gas and the catalyst. Computational fluid dynamics (CFD)
simulations were run on a simplified FBR with two gas
inlets without the considerations of chemical reactions, heat
or mass transfer, the cellulose biomass, or the size distribu-
tion of catalyst particles. The Eulerian-Eulerian two fluid
model treats both the gas and solid phases as interpenetrating
continua, each occupying a percent volume of the region of
interest.”” By continuity, the sum of these volume fractions
is always equal to 1. The governing equations are based on
conservation of mass, momentum, and energy for each
phase.70_72

CFD simulations were run on ANSYS® Fluent, Release
14.0, using a 2-D (two-dimensional) axi-symmetric mesh of
2.54-cm radius and 12.70-cm height with helium at 500°C as
the primary fluidizing gas. For smaller Geldart Type A par-
ticles,63 such as the ZSM-5 particles used in this study,
Wang et al. have found that by using fine temporal and spa-
tial resolutions resolutions (2 < Ax <4d,, where Ax is the
mesh size and d,, is the particle diameter), small bubbles are
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resolved and the correct bed expansion is achieved.”>’* Fol-
lowing these recommendations, the mesh size was set to ~
30 cells/cm (3.39 X d,) and the timestep was varied between
Ar=10"> s and Ar=10"* s. The catalyst volume fraction
(o) was initially set to 0.44 up to the height of the bed (5.77
cm, equivalent to 90-g catalyst), and to zero above the
height of the bed. The catalyst volume fraction, granular
temperature, energy, and the tracer gas conservation equa-
tions were solved using the QUICK numerical scheme and
second-order time discretization was utilized due to the tran-
sient nature of the reactor.

Closure models are necessary to complete the conservation
equations, many of which are semiempirically determined. In
this work, a dense fluidized bed is assumed, which corre-
sponds to the following closure models: granular temperature
solved algebraically,75 granular viscosity and drag model
given by Gidaspow,”” and granular bulk viscosity, solids
pressure, and radial distribution function given by Lun.’®
The maximum solids volume fraction packing limit was set
to 0.63. The frictional model comes from Johnson and Jack-
son with a friction packing limit of 0.60.”” The reader is
referred to van Wachem et al. for a more detailed description
of the various closure models.”

Quantifying mixing in CFD simulations

Tracer gases are commonly used to study how gas from a
specific inlet mixes with the remainder of the bed by study-
ing axial or radial tracer gas concentrations.”>®! To simulate
the mixing of the pyrolysis vapors into the catalyst bed, we
introduced inert tracer gases in Fluent. A 2 mol % nitrogen
(N,) gas was introduced at the bottom distributor-gas inlet
and a 2 mol % argon (Ar) gas was introduced through the
feed tube gas inlet. By studying the mixing of the argon
from the feed tube gas with the nitrogen and helium gases
and the catalyst (via mean and variance statistics), we can
extract information on how the pyrolysis vapors would dif-
fuse into the catalyst under CFP conditions.

Four statistical quantities (¢, ¥, 0, and ¢) were calculated
over the entire space of the catalyst bed and over a statisti-
cally steady time period (4 s) to inspect the mixing quality
within the bed.® The first is the mean void fraction
¢=1—(&), the time-ensemble (denoted by (X), for some
quantity X), volume-weighted (denoted by X) mean of the
gas volume fraction, which measures the denseness of the
bed. The normalized variance of the catalyst, = (x2) /o3,
is a good measure of both the amount of bubbling within the
bed and bed height fluctuations caused by high velocity gas
streams. The catalyst statistics give insight into the fluidiza-
tion of the catalyst, but, in order to identify how the feed
tube gas mixes with this catalyst, we specifically calculate
tracer gas statistics. To track the tracer gas mixing, the mix-
ture fraction is utilized and defined as shown in Eq. 5

Y -Y
= ®)
Na

In Eq. 5, £=1 at the feed tube gas inlet where the Ar
tracer gas is at maximum concentration and £ =0 at the bot-
tom gas inlet when there is no Ar tracer gas. The time-
ensemble, volume-weighted mean of the mixture fraction
scaled by the ideal mixture fraction, 0= (&) /& gea » provides a
good measure of how well the tracer gas is mixed. The ideal
mixture fraction e, is determined by substituting the out-

let mass fraction of N, (Yﬁ‘;‘le‘) into Eq. 5 for Yy,.
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Table 1. Comparison of Assemblage Model with K-L Model

Symbol Description Assemblage Model K-L Model
dp ave Average bubble diameter over the height of the bed (cm) 1.19 (input for K-L) Not predicted from this model
Up. ave Average bubble rise velocity over the height of the bed (cm sh 34.21 28.88
0 Fraction of the bed occupied by the bubble phase 0.07 0.09
L¢ Height of the fluidized bed (cm) 18.44 18.72
€ Void fraction of the fluidized bed 0.47 0.47
5 Average gas residence time in the fluidized bed (s) 291 2.95
Ty Gas residence time in the bubble phase (s) 0.54 0.65
Te Gas residence time in the emulsion phase (s) 18.18 18.18

A well-mixed bed represents a catalyst bed having tracer
gas concentrations equivalent to outlet concentrations, and
should thus have 0 ~ 1. The most important statistic used in
quantifying the mixing potential of the feed tube gas
is =(&2)/(Z)%, the time-ensemble, volume-weighted var-
iance of the mixture fraction, which is scaled by the mean
mixture fraction squared. This quantity is equivalent to the
squared coefficient of variation (standard deviation/mean) of
the mixture fraction. Lower values of ¢ indicate better mix-
ing of the feed tube gas as these represent cases with both a
low variance of the feed tube gas (more uniformity of the
tracer gas) within the reactor and a high amount of feed tube
gas present within the catalyst.

Because of the assumptions stated in this section, the
results from the CFD mixing quantification study only serve
as a qualitative comparison to the experimental results. From
the simulations, we look for trends in the mixing quality as
measured by ¢ when altering the fraction of total carrier gas
passing through the feed tube.

Literature-based Model for FBR

It was desired to gain an understanding of the hydrody-
namics based on phenomena intrinsic to bubbling fluidized
beds and the associated empirical relations found in the liter-
ature. For this, a model was constructed by combining these
relations to enhance the understanding offered by more tradi-
tional treatments such as the Kunii-Levenspiel (K-L) model.

The most important hydrodynamic quantity is bubble
size.®? Although bubbles aid in turbulence and mixing, gas
within bubbles must diffuse out into the surrounding emul-
sion phase to interact with the catalyst; to some extent, gas
within a bubble bypasses the emulsion. Although there is
appreciable gas exchange between the bubble and the emul-
sion, the mass-transfer rate is limited by the surface area of
the bubble. Because the surface-area to volume ratio
decreases as the bubbles coalesce, bubble-emulsion gas
exchange rates decrease rapidly with increasing bubble size.

Many models of fluidized-bed hydrodynamics, including
the K-L model, revolve around two-phase theory.”® In two-
phase theory, an “emulsion phase” is assumed to contain all
particles and to be under the conditions of minimum fluid-
ization (superficial velocity u,s and void fraction ¢.y). All
flow in excess of minimum fluidization is assumed to enter
the “bubble phase,” which is assumed to be devoid of any
particles. With these assumptions, it is possible to calculate a
number of hydrodynamic quantities using only bubble rise
velocity u, and volume of solids V. These quantities include
the fraction of the bed in the bubble phase J, the height of
the fluidized bed Ly, the overall void fraction of the fluidized
bed &, the average gas residence time t; and the residence
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times of the bubble- and emulsion-phases, 7, and 7.,
respectively.

The K-L model uses the bubble size dj, as an input to cal-
culate the bubble rise velocity u, from an empirical model
developed by Davidson et al. ¥ Two-phase theory was subse-
quently used to calculate 6, Ly, &, 1, Tp, and 7.. We devel-
oped a MATHCAD-based model by assembling a variety of
empirical relations found in the literature. This model, herein
referred to as the “assemblage model,” predicts the bubble
size dy(z) and bubble rise velocity u,(z) as functions of the
vertical distance above the distributor, z, using the inputs of
bed mass, particle size, input fluidization gas velocity, and
distributor configuration.® The model’s feasibility was veri-
fied through qualitative comparison with bubble sizes
observed in a room-temperature transparent tube. Video foot-
age of these bubbles can be found in Supporting Informa-
tion. Other model results were validated by comparing
predictions of the K-L model with the bubble size predicted
by the assemblage model. Table 1 and Figure 3 compare the
assemblage model to the K-L model.

A standard theory of two-phase fluidization was assumed.
The emulsion phase was assumed to be at the point of mini-
mum fluidization, and any gas flow in excess of minimum
fluidization was assumed to enter the bubble phase. The
minimum-fluidization velocity u.,,s was determined from Eq.
6 as outlined by Wen and Yu®

dyp. A

e =+ [ [27.2210.0008 P28 575 (6)
2
dpp I

From here, the void fraction at minimum fluidization &

was determined using Ergun’s equation shown in Eq. 7 %
dppy(Ap)g 175 <umfdppg>2+ 150(1—éme)  Ume dppg
w2 et P 1 & b7 u

@)

The volume of the emulsion phase was determined by
dividing the volume of the solids V by the volume fraction
of the emulsion phase shown in Eq. 8

Vs
1= Emf

€

®)

Equation 9 shows the residence time of the emulsion
phase determined as the volume of the gas in this phase
divided by its volumetric flow rate

Emf - Ve
(Uo—ttmg ) - A
The initial size of bubbles forming at the distributor was

determined based on the fluidizing gas velocity uo and the
spacing of the holes in the distributor /.. The analysis is

(C))

Te—
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Figure 3. lllustrated demonstration of correlations used

to construct the (a) K-L model and (b) assem-
blage model.
In the K-L model, a uniform bubble d,, size is specified
to calculate all other hydrodynamic parameters (all
which are also uniform throughout the fluidized bed).
The assemblage model treats bubble size dy(z) and bub-
ble rise velocity uy(z) as functions of distance above the
distributor z and calculated averages for these quantities
over a time-integrated basis.

described by Miwa et al.*” and was modified by Kunii and
Levenspiel.59 The hole-density for a staggered arrangement
of holes is given by Eq. 10

2
Vi3I,

For initial bubble sizes smaller than hole-spacing [, the
distributor was treated as a perforated plate and Eq. 11 was
used to predict the initial bubble size

0.4
iy pert d=£(”°_”‘“f) (1)
0,perforate g0A2 Nor

Nor = (10)

If the initial bubble size calculated from the perforated
plate correlation dyoperforaca 18 larger than [, the distribu-
tor’s behavior becomes indistinguishable from that of a
porous plate. In this case, Eq. 12 is used in place of Eq. 11.
The larger of the d, values obtained from Egs. 11 and 12
was chosen for our analysis

2.78

dbo,porous: — (MO_Mmf )2 (12)
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Bubble size increases as the bubbles coalesce. Bubble
growth with respect to distance above the distributor is
described by Mori and Wen® in Eq. 13. The diameter and
cross-sectional area of the bed are denoted as D, and A,,
respectively

A Un—1u 0.4
dy(z)=0.65 cm - < ! g)
C

m?2 cm -s”!

A o=t \ -03 -z
(065 cm - (sz . W) db(] - €Xp D[
(13)

The bubble size d(z) was then used to determine the
bubble-rise velocity with respect to the emulsion ubr(z).88 A
graph showing the progress of bubble size dy(z) vs. a bub-
ble’s height above the distributor is shown in Figure 4a. For
free bubbles, we used Eq. 14

Upr free (2)=0.711~/g - dy(z) (14)

For bubble diameters exceeding 12.5% of D, the frictional
effects of the walls were considered. Equation 15 accounts
for the drag on bubbles by the walls®

e et (2)=0.711y/g - dy(2) - 1.2 - exp (_1.4961;)(2)) 15)
t

We accounted for the emulsion’s contribution to the
movement of the bubbles from gulf-streaming. Kunii and
Levenspiel®® proposed Eq. 16 from Werther’s data.”® A
graph showing the progress of bubble velocity uy(z) vs. a
bubble’s height above the distributor is shown in Figure 4b

= d
up(z)=1.55 m ~s_l(M+14.l : (ﬂ +0.005>)
m

m-s~!

)"

Understanding the volumetric flow of the bubble phase to
be a constant V', the bubble-rise velocity u,(z) was used to
calculate a “cross-sectional area” of the bubble phase Ap(z)
by dividing Vo, by uy(z). The height of the bed L¢ was found
as the numerical value satistfying Eq. 17

16)

Lg
Ve-i-J Ap(z)dz=L¢A, 17)
0
The volume of the fluidized bed V; was calculated as L¢A,
and the volume of the bubble phase V), was calculated as the
difference (Vy—Ve). The fraction of the bed in the bubble
phase 0 was calculated as V,,/V;. The overall void fraction &
was calculated as (Vy—V;)/Vi. The overall residence time t¢
was calculated as &Ly /up.
The bubble residence time 7, was calculated as the time it
takes a bubble to travel from z = 0 to z = L, as shown in Eq. 18

Ly 1
Tb:J dz (18)
0 un(2)

For time-averaged hydrodynamic parameters, we numeri-

cally solved for the inverse function z(f) from #(z), shown by
Eq. 19

_ : 1
t(z)—L ™0 dh (19)
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Figure 4. (a) Size of bubbles as a function of height
above the distributor. Note the initial bubble
size at z = 0. (b) The velocity of the bubbles
as a function of height above the distributor.
O indicates the transition from free bubbles
to introduction of frictional wall effects. (c)
The progress of a bubble’s rise through the
bed as a function of residence time.

Average bubble size dj, . (Eq. 20) and average bubble
velocity up ,ve (Eq. 21) were averaged over bubble residence
time.
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Figure 4c shows the vertical progress of a bubble as a
function of time.

Results and Discussion
Determination of minimum fluidization velocity

The minimum fluidization velocity was determined experi-
mentally using pressure drop measurements at the reaction
temperature of 500°C as the molar flow rate of a carrier gas
at the minimum fluidization is strongly dependent on temper-
ature.”"*> The pressure drop across the bed vs. superficial
gas velocity for decreasing velocities of helium is shown in
Figure 5a. The pressure drop across the bed was calculated
by subtracting the difference between the pressure drop of
the reactor with the catalyst bed from the pressure drop of
the empty reactor. These measurements are taken in the
absence of flow through the feed-tube. The minimum fluid-
ization velocity for the catalyst particles was found to be
0.36 cm s~ ' corresponding to a helium flow rate of 147
sccem (hereafter denoted as Q,,¢). This minimum fluidization
velocity value was found to be consistent with the predic-
tions of both the CFD simulations and Eq. 6.7

Figure 5b shows contour plots of the catalyst volume frac-
tion for 10 different fluidizing velocities between Q./
Ome=0.56 and 8.33. At Q./On¢< 1, there are no changes in
bed height or the catalyst volume fraction suggesting the bed
is not fluidized at these velocities. When 1< Q./Q.;<?2.5,
we notice fairly uniform bed expansion with no bubbling.
The lack of bubbling within the expansion stage is expected
and in agreement with the characteristics of Geldart A par-
ticles, that bubbling occurs at a fluidizing velocity greater
than the minimum fluidization velocity.> The minimum bub-
bling velocity can be determined both visually from the con-
tour plots in Figure 5b (a few small bubbles at Q.
Ome=2.78 and more noticeable bubbles at Q./Q ;= 4.17)
and quantitatively by analyzing the increase in the bars
showing the standard deviation of the inlet pressure in time
when Q./Q,¢=4.17 in Figure 5a. We thus define the point
of minimum bubbling as Q./O¢ = 4. The minimum bubbling
velocity u,,, is defined in terms of the bottom distributor

plate fluidizing velocity u; such that uy, = 1.44 cm s~ .

Effect of total carrier gas flow rate

CFP of cellulose was carried out at different values of the
total flow rate of carrier gas (Q.) while holding the WHSV
and amount of catalyst in the bed constant. The total flow
rate of carrier gas is the sum of distributor-carrier and feed-
tube carrier gases. The fraction of the total amount of gas
passed through the feed tube was kept constant (Qg/
0. =0.34). Figures 6a, b and Table 2 show product yields as
a function of this total carrier gas flow rate while other
parameters such as bed temperature, cellulose WHSV, and
catalyst-bed mass were kept constant. Table 2 also lists the
bubble residence time and average gas residence times inside
the catalyst bed. Gas residence time was calculated using
Eq. 4. The total gas flow rate (Q.) includes the product gas
flow rate (Qp) as the latter was measured to be in the range
of 300 to 350 sccm for the cellulose WHSV of 0.24 h™'
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Figure 5. (a) Pressure drop across the catalyst bed vs. fluidization velocity at 500°C (error bars on the CFD simula-
tion results show two standard deviations in time above and below the mean inlet pressure). (b) Contour
plots for catalyst volume fraction vs. fluidization velocity from simulations.

(with 250 g of catalyst). As Q./Qn¢ increased, the average
gas residence time decreased from 9.95 to 5.61 s in a
slightly indirect proportion. This deviation due to the fact
that as the total carrier gas flow rate is increased, the catalyst
bed expands and contributes slightly to an increase in gas
residence time. As shown in Figure 6a, the aromatic yield
went through a maximum of 39.5% carbon which occurred
at an intermediate value of gas and bubble residence time
corresponding to four times the minimum fluidization flow
rate. The unidentified hydrocarbons showed the exact oppo-
site trend and gave a minimum carbon yield of 13.3% car-
bon at four times the minimum fluidization flow rate. We
have shown previously that the unidentified carbon consists
of molecular weight oligomer species (including tars) that
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collect in the condensers or elsewhere in the system. Mass
balances of up to 85 wt % were achieved by analyzing the
water content of the liquid product. The remaining 15 wt %
is most likely high molecular weight species. In previous
experiments, we have been able to obtain mass balance of
100 wt % £ 10 wt %. We have shown that in the case of
using water (instead of ethanol) in the condenser train, these
unidentified species are found in the bubbler in the form of a
floating black residue.*® The carbon yields of C,—C, olefins
did not exhibit a particular trend with respect to carrier gas
flow rate. The maximum olefin yield was 4.8% carbon.

The aromatic yield for CFP of cellulose is about twice the
aromatic yield for CFP of pine wood.?**® The coke yields
for CFP of pine wood are 30-35% carbon, which are 2-3
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times higher than coke yields obtained in this work from
CFP of cellulose. The cellulose portion of the biomass thus
contributes more to the aromatics than the other components
of the biomass. These results are consistent with the work of
Jae et al.*’ where they observed that for maple wood, maple
wood with hemicellulose extracted, and maple wood with
cellulose and hemicellulose extracted, aromatic yield
decreased with increasing lignin content. These work suggest
that lignin and the ash content in the biomass are detrimental
to the production of aromatics and different feedstocks will
have a different aromatics yield depending on the composi-
tion of the biomass feedstock.

Effect of distribution of carrier gas from distributor
plate and feed tube

To study the mixing of cellulose pyrolysis vapors into the
fluidized catalyst bed, the fraction of the total amount of car-
rier gas passing through the feed tube was changed from
~ 8 to ~ 70%, whereas the total carrier gas flow rate (feed
tube flow rate plus distributor gas flow rate as shown on Fig-
ures 1 and 2) was maintained constant (Q./Q.r = 7.6). Table
3 and Figures 7a, b show the product yields as a function of
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Figure 6. Product yields as a function of Q./Q,; at 500°C,
Q:/Q. = 0.34 and WHSV = 0.25 + 0.02 h~ . Key:
(a) ® Aromatics, B C2—C4 olefins, A Methane,
@ Unidentified (b) <& CO, 0 CO,, A coke.
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Table 2. Detailed Product Yields and Selectivities for CFP of
Cellulose at Various Flow Rates of Carrier Gas as a Multi-
plier of the Minimum Fluidization Flow Rate

Qc/me
3 4 6 8
Parameters
dy, (cm) 0.68 0.80 1.01 1.18
uy (cm s ) 20.64 22.85 26.24 28.97
0.04 0.05 0.08 0.10
L¢ (cm) 19.65 19.93 20.44 20.89
Tp (S) 0.95 0.87 0.80 0.72
(L — L)Ly 0.12 0.13 0.16 0.19
0, (sccm) 797 934 1191 1502
¢ (8) 9.95 8.61 6.93 5.61
Overall Yields (% carbon)
Aromatics 29.4 39.5 31.6 28.7
C,—C, Olefins 4.4 3.5 4.8 3.2
Methane 0.6 0.7 0.6 0.6
CO 23.5 25.5 26.4 27.3
CO, 5.0 5.1 5.1 5.5
Coke 13.3 12.3 11.7 12.8
Total carbon balance 76.2 86.7 80.3 78.0
Unidentified 23.8 13.3 19.7 22.0
Aromatic Selectivity
Benzene 17.0 20.4 17.8 17.6
Toluene 33.6 36.7 349 35.7
Ethyl-benzene 0.83 0.81 0.64 0.71
Xylenes 21.3 20.5 20.9 223
Styrene 0.0 0.2 0.2 0.0
Benzofuran 0.4 0.2 0.2 0.4
Indene 2.5 2.1 2.6 0.3
Phenol 2.3 1.5 1.8 2.4
Naphthalenes 22.0 17.6 20.8 20.7
Olefin Selectivity
Ethylene 36.9 51.4 42.0 67.8
Propylene 55.5 43.6 523 28.2
C, olefins 7.6 5.0 5.7 4.0

Reaction conditions: Temperature of bed: 500°C, Qg/Q. = 0.34, and WHSV:
~ 0.25+0.02 h~" with 250 g catalyst.)

fraction of the carrier gas that was passed through the feed
tube. The aromatic yield went through a maximum of 29.5%
carbon that occurred when 34% of total carrier gas was
passed through the feed tube. At the same point the yield of
unidentified products went through a minimum of 18.4% car-
bon. The coke yield also went through a maximum with a
change in the fraction of carrier gas passing through the feed
tube. The other products did not show a large systematic
change with a change in the fraction of carrier gas passing
through the feed tube. This data indicates the importance of
mixing of cellulose pyrolysis vapors coming through the
feed tube into the fluidized catalyst bed. This is further sup-
ported by simulations.

Figure 8 shows the catalyst volume fraction contour plots,
the argon tracer gas mass fraction, and the catalyst axial
velocity from CFD simulations run with different values of
Q#/Q. From Figure 8a, we note that the Qy/Q. =38, 18, and
34% cases have similar o profiles with about the same bed
height. The latter two cases of Qn/Q.=52 and 69%, how-
ever, show a marked difference with lower bed height, a
denser bed, and spouts of particles along the feeding tube.
We do not observe significant bubbling when Q¢/Q. =52
and 69%. In Figure 8b, the Ar feed tube tracer gas can be
seen as mostly uniform within the bed for the three lower
Os/Q. cases, and, in contrast, nonuniform for the two higher
cases. The flow of the catalyst reverses direction along the
feed tube wall (see Figure 8c) when a specific transition
point is reached (between Qg/Q.= 34 and 52%), which as
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Table 3. Detailed Product Yields and Selectivities for CFP of
Cellulose at Various Velocities of Carrier Gas through the
Feed Tube

Fraction of Carrier Gas Passing Through
Feed Tube

0.08 0.18 0.34 0.52 0.69

Parameters
& 0.58 0.59 0.58 0.56 0.54
W 0.18 0.18 0.19 0.20 0.24
0 0.91 0.90 0.88 0.67 0.60
® 0.24 0.16 0.12 0.18 0.28
ug (cm s~ ") 2.55 2.27 1.83 1.33 0.86
Overall Yields (% carbon)
Aromatics 23.6 26.5 29.5 25.5 23.7
C,—C4 Olefins 5.1 6.8 5.5 5.1 5.3
Methane 0.9 0.7 0.7 0.6 0.9
CO 24.1 26.4 28.6 26.3 28.7
CO, 5.0 5.3 5.3 5.1 5.7
Coke 10.6 11.2 12.2 12.3 11.6
Total carbon balance  69.3 76.9 81.6 75.0 76.0
Unidentified 30.7 23.1 18.4 25.0 24.0
Aromatic Selectivity
Benzene 16.0 17.3 15.4 17.1 16.2
Toluene 35.5 37.8 344 36.8 354
Ethyl-benzene 1.3 1.5 1.3 1.4 0.0
Xylenes 28.2 20.4 21.9 22.0 224
Styrene 0.0 3.1 0.4 2.2 1.2
Benzofuran 0.2 0.3 1.3 0.3 22
Indene 3.1 2.8 0.7 3.1 1.0
Phenol 1.8 2.2 9.5 2.1 11.1
Naphthalenes 13.9 14.6 15.0 15.1 10.5
Olefin Selectivity
Ethylene 38.9 41.1 41.6 39.3 39.7
Propylene 55.8 54.1 52.2 55.3 52.9
C, olefins 53 4.8 6.2 5.4 7.4

Reaction conditions: Temperature of bed: 500°C, WHSV: 0.51 £0.04 h!
with 90 g catalyst, Q./Qns=7.6.)

seen in Table 3, occurs when the fluidization velocity u;
passes below i,

Figure 7c reveals that the average void fraction (&) is
roughly constant in all five cases, which implies that the
void fraction is primarily a function of the total flow rate Q..
The normalized variance of the catalyst volume fraction (/)
increases slightly when increasing Qg/Q. primarily due to
increased fluctuation in the bed height. Figure 7c also shows
that 0 is close to 1 for the first three cases (Qn/Q. =8, 18,
and 34%) indicating an ideally mixed reactor. The variance
of the mixture fraction divided by the mean mixture fraction
squared, ¢ goes through a minimum value of 0.12 at Qg/
0. = 34%, suggesting that this is the point for optimal mix-
ing of the pyrolysis vapors into the catalyst bed. This point
exactly corresponds to the maximum aromatic yield obtained
experimentally. These results show that designing the bio-
mass feed injector system so that the biomass effectively
gets well mixed into the FBR is critical for obtaining high
aromatic yields during CFP of biomass.

The CFD simulations in this study are for a simplified
two-inlet fluidized bed. These simulations show qualitative
trends regarding the mixing of the feed tube gas with the
catalyst. The u,,,, and bubble residence time were not deter-
mined experimentally and thus, it is unknown whether the
CFD simulations are predicting the correct point of bubbling
within the reactor vs. fluidizing velocity. Additional research
that can provide validation to the simulations would be to
experimentally determine the u,,, and bubble residence time.
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Figure 7. Product yields as a function of gas velocity
through feed tube at 500°C, Q./Q,; = 7.6, and
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Ensuring that the u.,;, is similar for both the experiment and
the simulations gives credence to the theory that the best
mixing (and thus, the highest aromatic yields) occurs when
up is at or just above uy,, as was noticed with the
simulations.
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Effect of catalyst bed height

Figure 9 and Table 4 show the product yield as a function
of the catalyst bed height for CFP of cellulose at a bed tem-
perature of 500°C and cellulose WHSV of 0.24 h™'. Each of
these experiments were replicated 3 times to confirm the
reproducibility of the results and standard deviations were
calculated which are reported in Table 4. A typical standard
deviation of 1-2% was calculated for the product yields and
distribution. Table 4 reports calculated fluidized bed height
(Lg) for different amounts of catalysts. The cellulose flow
rate was increased with increasing bed height to maintain a
constant WHSV. This increase in WHSYV led to an increase
in the product gas flow rate. The total carrier gas inlet flow
rate was held constant for all of these experiments. The
increase in the bed size leads to an increase in bubble resi-
dence time (1) and gas residence time (t7). The bubble resi-
dence time and gas residence time increased from 0.36 to
0.69 s and 3.07 to 7.22 s, respectively. Initially, as the bed
height increased from 6.4 to 12 cm, the aromatic yield
increased from 27.6% carbon to 31.5% carbon. Further
increase in bed height to 17.6 cm only increased the aro-
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matic yield by 0.1% carbon. The aromatic selectivity, how-
ever, did change with increased bed height. The benzene and
toluene selectivities decreased from 20.2 and 37.4 to 17.8
and 34.9%, respectively, as the bed height increased. The
naphthalenes selectivity increased from 13.7 to 20.8% with
increased bed height, suggesting that gas residence time is
an important parameter for tuning selectivity toward mono-
aromatics. The selectivity towards oxygenates such as benzo-
furan and phenol also showed a slight decrease with an
increase in bed height. This could be because of the longer
gas residence time in the catalyst bed allowing for more
deoxygenation by decarbonylation and decarboxylation. This
is consistent with the slight increase in CO and CO, yield.
The yield of C,—C, olefins increased from 3.7 to 4.8% with
slightly higher selectivity towards C3;—C, olefins than ethyl-
ene. Among other noncondensable gases, CO and CO,
showed an overall increase in their yields. The coke yield
decreased from 14.3 to 11.7% as the bed height increased.
These results suggest that gas residence time plays an impor-
tant role in tuning the product distribution. Higher gas resi-
dence times shift the aromatics distribution toward
polyaromatic compounds.
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Figure 9. Product yields as a function of catalyst bed
height/bubble residence time at 500°C,
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In these experiments, as the cellulose WHSV is main-
tained at a constant value of 0.25 h™', increasing the bed
height also increases the rate at which cellulose is fed. This
changes the concentration of pyrolysis vapors entering into
the catalyst bed from the feed-tube. It is not known whether
this increase of local concentration of pyrolysis vapors at the
outlet of the feed-tube significantly affects the product distri-
bution independently of residence time.

Effect of distributor plate hole-spacing

Three distributor plates were prepared with different hole-
spacings: 284, 787, and 2778 um. Hole-spacing is the
center-to-center distance between two holes on a distributor.
As described in Product analysis Section, hole-spacing of a
distributor plate determines the initial diameter of the bub-
bles formed. The experiments were carried out at a constant
temperature of 500°C, a constant WHSV of 0.24 h™!, and a
fixed carrier gas flow rate of 880 sccm. Each experiment
was repeated 3 times to test the reproducibility of the results.
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We expected a significant difference in the product yield as
a function of the initial bubble diameter, which was varied
over an order of magnitude. Table 5 shows the hydrody-
namic parameters calculated using the assemblage model
developed here. Although initial bubble size was estimated
to increase by an order of magnitude when similarly increas-
ing the distributor hole spacing, other hydrodynamic parame-
ters (most importantly, average bubble size) were estimated
to remain almost constant. This was reflected in the product
distribution. Table 5 and Figure 10 show product yields with
standard deviations as a function of hole-spacing in a perfo-
rated plate distributor plate. Standard deviations of less than
1% for the product yields are indication of reproducible
results. The bubble residence time was estimated to change
slightly from 0.73 to 0.69 s with a change in the distributor
plate. The gas residence time did not change in this case as
the product flow rate was almost the same in all the experi-
ments. The aromatic yield and C,—C, olefins showed only a
slight change as the hole-spacing was increased almost 10
times. As can be seen from Table 5, the yield and selectivity
of different products did not change appreciably. As the
average bubble diameter did not change appreciably, we
were unable to test the effect of average bubble size on the
product distribution.

Because distributor hole spacing did not change the bub-
ble size at this scale, it was hypothesized that, for average
bubble size, the effect of bubble coalescence dominates over
the effect of initial bubble size. To test this hypothesis, the

Table 4. Detailed Product Yields and Selectivities for CFP of
Cellulose for Different Catalyst Bed Heights

Bed Height (cm)

7.81 14.55 21.30
Parameters
Catalyst amount (g) 90 170 250
dy (cm) 0.66 1.02 1.34
up (cm s~") 21.93 26.93 30.78
o 0.11 0.10 0.09
T (8) 0.36 0.54 0.69
(L — L)Ly, 0.23 0.22 0.21
0, (sccm) 1026 1100 1191
75 (S) 3.07 5.34 7.22
Overall yields (% carbon)
Aromatics 27.6 £0.1 31,5209 31.6 £0.7
C,—C4 Olefins 3.7%+0.5 4604 48+04
Methane 0.5*+0.0 0.5*+0.0 0.6 0.0
CcO 21.8 = 1.7 270 1.4 264+ 1.0
CO, 43+03 5.1£0.2 5.1%+0.3
Coke 143+0.3 13.4+03 11.7£0.2
Total carbon balance 72.2 82.1 80.3
Unidentified 27.9+23 179+ 1.7 19.7*+1.3
Aromatic Selectivity
Benzene 20.2+0.8 18.4£0.2 17.8 0.2
Toluene 374+1.0 355%0.2 349+04
Ethyl-benzene 0.8*=0.1 0.5%+0.0 0.6 0.0
Xylenes 20.9 £0.0 20.9 £0.1 20.9 £0.1
Styrene 1.0£0.2 0.3+0.1 0.2x0.1
Benzofuran 0.5*+0.1 0.3*+0.1 0.2+0.0
Indene 32+0.2 2.7%0.1 2.6 0.0
Phenol 22+04 1.9+0.1 1.8+0.1
Naphthalenes 137+ 1.1 19.5+0.2 20.8 £0.6
Olefin Selectivity
Ethylene 46.5+2.6 46.2+34 42.0+0.3
Propylene 493+2.6 49.4+3.1 523=*0.5
C, olefins 43+0.1 43+04 572+0.4

Reaction Conditions: Temperature of bed: 500°C, WHSV: 0.24 £ 0.02 hfl,
Oc/Qme=6.)
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Table 5. Detailed Product Yields and Selectivities for CFP of
Cellulose for Different Hole-Spacing in the Distributor
Plates

Hole-Spacing (pm)

284 787 2778
Parameters
dpo (cm) 0.02 0.06 0.15
dy, (cm) 1.21 1.24 1.34
up (cm s~ 1) 29.34 29.74 30.78
0 0.10 0.10 0.09
L (cm) 21.41 21.38 21.30
Tp (8) 0.73 0.72 0.69
(L¢ — L)/ Ly 0.22 0.22 0.21
0, (sccm) 1191 1191 1191
75 (8) 7.26 7.25 7.22
Overall Yields (% carbon)
Aromatics 30.9+0.6 31.9+0.7 31.6+0.7
C,—C4 Olefins 44+03 47+0.2 48*+04
Methane 0.7 0.0 0.7+0.0 0.6 £0.0
CO 28.7+0.3 27.6 £1.0 264+ 1.0
CO, 54+0.7 54+0.1 5.1%£0.3
Coke 13.0£0.2 124£0.2 11.7£0.2
Total carbon balance 83.2 82.8 80.3
Unidentified 16.8 £1.3 17304 19713
Aromatic Selectivity
Benzene 17.8 £0.5 16.6 £0.4 17.8 £0.2
Toluene 34.0+0.7 345+0.5 349+0.4
Ethyl-benzene 0.6 0.1 0.6 £0.0 0.6 £0.0
Xylenes 20.2+0.8 21.3*+04 20.9 0.1
Styrene 0.3£0.0 04+0.2 0.2+0.1
Benzofuran 0.2+0.0 0.3+0.0 0.2+0.0
Indene 24+0.2 2.5+0.3 2.6 0.1
Phenol 1.7+£0.2 1.9+04 1.8 £0.1
Naphthalenes 22.6 £ 1.5 22.0* 1.1 20.8 £0.6
Olefin Selectivity
Ethylene 459+58 42,122 42003
Propylene 48.9*+6.0 52.7*20 52.3*0.5
C, olefins 52+04 52%0.3 5704

Reaction Conditions: Temperature of bed: 500°C, WHSV: 0.24 = 0.01 h!
with 250 g catalyst, Q./Qume = 6.)

assemblage model was tested at larger scales. The results are
shown in Table 6. From the results, we see that distributor-
hole spacing only affects the average bubble size in a small
way, and that this effect becomes more pronounced at larger
scales. This suggests that coalescence is a more important
phenomenon to average bubble size than initial bubble size,
and this effect of coalescence is more important at smaller
scales.

Future CFD Work

As our results show that hydrodynamics of FBRs is likely
to play an important role in scale up of the CFP technology,
there is a need for a more in-depth study on the hydrody-
namics of the FBRs for CFP. Because of the various
assumptions involved, the simulations presented in this work
can only show qualitative trends for a general FBR with two
gas inlets. Future work for CFD simulations can include fur-
ther validation and verification of the numerical model. The
2-D-axisymmetric assumption must be tested against a full
three-dimensional (3-D) simulation. Statistical quantities,
such as ¢, ¥, 0, and ¢, as well as hydrodynamic quantities,
such as the bubble rise velocity, size, and residence time,
would need to be compared for both the 2-D and the 3-D
case to determine if the 2-D-axisymmetric assumption is suf-
ficient. The 3-D case could also be used to achieve a more
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Figure 10. Product yields as a function of hole-spacing
in the distributor plate at 500°C, Q./Qs = 6,
and WHSV =0.24 = 0.01 h™'. Key: (a) ¢ Aro-
matics, M C2—C4 olefins, A Methane,
@ Unidentified (b) & CO, 0 CO,, A coke.

complete and accurate description of the bed’s hydrodynam-
ics. Sensitivity analysis studies for the various closure mod-
els such as the drag model, particle—particle frictional stress
model, and the particle viscosity model, for the Eulerian-
Eulerian simulation method could be performed to better
match the simulations to experiment. Furthermore, sensitivity
analysis with regard to the numerical methods, mesh size,
and time steps, will also need to be performed to provide
verification to the simulations. Lastly, adding chemical

Table 6. Results Obtained from the Assemblage Model at
Different Scales

Hole-Spacing (pm)

Parameters 284 2778 % increase
dyp (cm) 0.02  0.15 650.00%
Average bubble size for D,=5 cm 1.07  1.20 12.15%
Average bubble size for D, = 50 cm 091  1.07 17.58%
Average bubble size for D,=500 cm  0.63  0.77 22.22%

To maintain bed height (~ 21 cm) the mass of bed particles was varied pro-
portionally to the square of the column diameter D,.
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reactions, mass and heat transfer, and cellulose to the simu-
lations is a future step that would ensure a complete numeri-
cal model.

Conclusions

We carried out CFP of cellulose in a bubbling FBR. We
obtained a maximum of 39% carbon yield of aromatics from
cellulose as compared to reported values of 15.5% carbon yield
from CFP of pine wood. This indicates that most of the aro-
matics formed from biomass during CFP come from the cellu-
lose portion of the biomass. This also suggests that the lignin
component of the biomass decreases the aromatics yield.

We found that the mixing between the catalyst and the bio-
mass feed is a function of the amount of fluidization gas that is
fed through the distributor plate vs. from the feed tube (which
comes into the reactor with the solid cellulose feed). CFD sim-
ulations showed that bubbling was achieved only when the
velocity of fluidization gas through the distributor plate (i)
exceeded the minimum bubbling velocity (u,,;,). The prelimi-
nary CFD simulations provided a qualitative way to study the
mixing of the carrier gas coming through the feed tube into the
fluidized catalyst bed. To study this mixing, we introduced
inert tracer gases in simulations and calculated the mixture
fraction scaled by the ideal mixture fraction (0) and the var-
iance of mixture fraction over the mean mixture fraction
squared (¢). Higher values of 0 and lower values of ¢ indicate
better mixing of the pyrolysis vapors into the fluidized bed.
The experimental aromatics yield was higher when the simula-
tion results indicated better mixing. The aromatics yield is
maximized with the mixing between the cellulose pyrolysis
vapors and the catalyst bed and FBRs should be designed to
maximize this mixing. These results illustrate the importance
of properly designing the mixing point between the biomass
feed and the catalyst bed in CFP reactors.

Using the assemblage model, we calculated hydrodynamic
parameters and compared them against the experimental
product yields to elucidate the effects of bubble hydrody-
namics on the reaction. Average bubble sizes were predicted
not to change significantly and no trends were observed
between product yield and bubble size. Further use of the
assemblage model suggested that the resolution of this model
for hydrodynamic effects intrinsic to bubbles is too low to
observe in our experimental reactor. However, these effects
are likely to become more important at larger scales. This
lack of resolution was confirmed experimentally, as no sig-
nificant trends were observed when changing the hole-
spacing on the distributor plate.

We used different catalyst bed heights to study how bubble
residence time and gas residence time affect product yields. The
aromatic yield increased from 27.6% carbon at a bed height of
6.4 cm to 31.6% carbon at a bed height of 17.6 cm. The mono-
cyclic aromatic selectivity was higher at lower bed heights.
Thus, for a bubbling FBR, gas residence time is an important
parameter for tuning the aromatic product distribution.
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Notation

= area of cross-section occupied by bubbles at height z, cm?
dy, = initial bubble diameter, cm

= maximum bubble diameter, cm

= bubble diameter, cm
dy ave = average bubble diameter, cm

d, = catalyst particle diameter, um

D, = diameter of the FBR, cm

L= fluidized bed height, cm

L., = minimum/fixed bed height, cm

lor = hole-spacing in a distributor plate, cm

i, = mass flow rate of species 7 at inlet j, gs !
No: = hole-density of a distributor plate, cm ™2

Q. = total carrier gas flow rate, sccm

Qg = carrier gas flow rate through feed tube, sccm

Qe = minimum fluidization flow rate, sccm
O, = products flow rate, sccm
O, = total gas flow rate, sccem = Q. + 0,
uo = Superficial velocity of the carrier gas, cm s~ '
u, = bubble velocity, cm s !

= average bubble velocity, cm s

up = velocity of gas through the bottom inlet, cm s~

Uymp = Minimum bubbling velocity, cm s !

Ume = minimum fluidization velocity, cm s~

1
1

V; = volume of phase i, cm?
V, = volumetric flow of phase i, cem® s7!
v, = axial component of the catalyst velocity, cm s~ '
Y = free stream mass fraction of species 7, dimensionless

Y; = mass fraction of component i, dimensionless
z = height above the distributor plate, cm

Greek letters

catalyst volume fraction, dimensionless
fraction of bed occupied by bubble phase, dimensionless
void fraction, dimensionless
mixture fraction percentage from CFD, dimensionless
mixture fraction, dimensionless
ideal = 1deal mixture fraction, dimensionless
p: = density of component i, g cm >
T, = gas residence time in bubble phase, s

D R

7. = gas residence time in emulsion phase, s

7¢ = overall vapor residence time in fluidized bed, s

¢ = variance of mixture fraction parameter from CFD, dimensionless
W = variance of catalyst volume fraction parameter from CFD,

dimensionless
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